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An advanced transport reactor gasifier was operated using three different coals: Illinois #6
bituminous, Wyodak Powder River basin subbituminous, and a Sufco Utah bituminous coals.  A steady
state model was developed to evaluate the relative contributions of coal combustion and gasification of
coal/char in this high thru-put reactor.  The tests employed in-bed calcium-based sorbent for sulfur
capture.  The model was based on elemental mass and energy balances and assumed instantaneous
devolatilization and combustion, and kinetically limited gasification reactions in a continuously stirred
tank reactor.  The experimental results on the reaction of these three coals were compared with model
predictions.  The simulated results compared favorably with the experimental results (e.g. gas
composition, carbon conversion, and the reactor temperature).  The bituminous coal data was
accurately simulated as sub-stoichiometric combustion processes.  The more reactive subbituminous
coal exhibited significant gasification conversion over the operating conditions tested.  The
subbituminous coal was found to react 20 times faster than that reported from laboratory kinetic
studies.  The model was used to predict the performance of the gasifier including the carbon
conversion, sulfur capture, composition and flow rate of product gas, based on operating conditions
and input streams.  Sensitivity studies on coal feed rate, steam/coal, heat loss, pressure, gas velocity,
and coal reactivity were conducted.  These simulations were used to compare the response of coals
gasified to those combusted sub-stoichiometrically, to evaluate optimum operating conditions, and to
predict performance in larger scale units with less heat loss.
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INTRODUCTION 

Advanced power systems employ coal gasification to enhance power production efficiency and

environmental performance.  The pressurized transport reactor was proposed to be an advanced

gasification concept .  This reactor is a high velocity, pressurized adaptation of the circulating fluid bed1

process commonly used as combustors in commercial waste fuel boilers.  The elevated pressure and

high gas velocities provide the potential for a high coal flux or thru-put per unit area cross section.  In

addition, the plug-flow nature of this technology is designed to physically separate char combustion at

the base of the mixing zone from the coal gasification above to enhance gas product quality. 

Unfortunately, because of the height required in a transport reactor process, even a small scale unit is

quite large.  To test this concept the Department of Energy funded the Transport Reactor Development

Unit (TRDU) that was built at the University of North Dakota.  

The transport reactor operates in a unique time-temperature regime for a coal gasifier.  Fixed

bed and fluid bed gasifiers use ten's of minutes or longer and low exit temperatures (250 to 500 C for

fixed-bed; 800 to 1100 C for fluidized-bed) to convert the char to fuel gas.  Entrained flow gasifiers

utilize high temperatures (1350-1550 C) and gasify coals in 2-3 seconds.  The transport gasifier

operates with the same exit temperatures as fluid bed reactors, but with short solids residence times:

ranging from 5-30 seconds using small particles (100-300 µm diameter).  There is no data available on

coal char gasification over this time period without cooling and reheating the char.

Coal conversion in a gasifier is combination of devolatilization and gas-solid reaction.  Pyrolysis

and combustion studies demonstrate that both of these processes are rapid and can be considered
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complete for even the most unreactive coals within the time period and operating temperatures available

in CFB’s when one considers the particles sizes of interest to the transport reactor .  Gasification2, 3, 4

rates, however, depend on feedstock, catalytic constituents, and heat treatment conditions.  The degree

of coalification is known to influence the gasification rates .  Low rank coals have greater reactivity5, 6

and greater variability.  High temperature, long soak times at elevated temperatures, and slow heat rates

during heat-up and pyrolysis all deactivate the coal char towards gasification processes .  Loss of5, 7, 8

volatile yield and char deactivation during pyrolysis is thought to be a result of secondary cracking

reactions of tars and volatiles .  For low rank coals with ion-exchangeable cations, char deactivation2

has been found to result from loss of dispersion of the catalytic species .  It is expected that a process9

operating at low temperatures, higher heating rates, and short residence times would result in relatively

high reactivities.

The goal of this research was to evaluate the test data and performance of the transport reactor

as an advanced gasifier.   It is the purpose of this study to identify future direction for transport reactor

enhancements and to optimize operating conditions and reactor performance.  In pursuit of these

objectives, a computer model for gasification and combustion in a circulating fluid bed was developed,

validated, and enhanced to provide a predictive tool.

As research and development continues on circulating fluid bed reactors, a mathematical model

is necessary to gain insight into the influence of design variables and feed materials on the reactor

performance.   A mathematical model promotes understanding of scale-up, design, operation, and

control of any process; circulating fluid bed combustion and gasification is no exception.  To model this

process requires a knowledge of hydrodynamics and chemical reactions that takes place in a circulating
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fluid bed reactor.  There are few papers available in the literature on the circulating fluid bed combustor

modeling, and none on the circulating fluidized bed (CFB) with combined combustion and gasification. 

Therefore, any mathematical modeling developed on this new process must be verified experimentally

before it can be implemented in practice.    

Weiss et al.  presented a mathematical model for a circulating fluid bed combustor using a10

continuous stirred tank reactor (CSTR) for both gas and solids in the riser.   Their  model uses the

kinetics of bubbling fluidized bed combustors developed by Rajan and Wen .  Arena et al.11 12

presented a model of CFB combustion of char in which the riser was divided into three blocks: the

dense zone at the bottom (block 1), the dilute zone at the top (block 3), and intermediate zone where

the solids concentration decreases following a sigmoidal curve (block 2).  They also assumed the plug

flow of gas and complete mixing of solids for riser blocks 1, 2, and 3.  Adánes et al.  modeled the13

carbon combustion efficiency of CFB combustion using a shrinking particle model with mixed control

by chemical reaction and gas film diffusion.  The model considered the bed as two regions: a dense

region at the bottom with a constant voidage of 0.82 and a dilute region in the upper part in which the

solids fraction decreases exponentially as the bed height increases. 

Combustion in CFB’s was successfully modeled using both plug flow and CSTR approaches. 

In the present work, a mathematical model of coal gasification was developed to described the steady

state operation of circulating fluid bed with in-bed calcium-based sorbent for sulfur capture.  The model

has adopted the CSTR approach.  The kinetics of char gasification and CaO desufurization were built

in a solids residence time distribution based on the hydrodynamics of a circulating fluid bed. 
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Theory

In a circulating fluid bed reactor, fresh solids (coal and sorbent) and hot circulating char are fed

into a fast moving gaseous (air/oxygen and steam) medium thereby transporting the solids.  As the

solids travels upward, the coal/char reacts with oxygen and steam to produce CO , CO, H , CH , and2 2 4

other hydrocarbons.  The principal mechanisms involved in coal combustion and gasification in a CFB

reactor have not been reported in the literature.  However, numerous models are available for

gasification of coal in a fluid bed reactor and we have chosen to apply these kinetics to CFB reactors. 

Therefore, in this study, fluid bed kinetics were adopted to describe the gasification kinetics in the

transport reactor.  This model assumes the reaction takes place only in the riser of the transport reactor. 

Char does not react in any other sections of the transport reactor since they are purged and operated

under inert conditions.  The model solves for the steady state solution using the Eulerian frame of

reference, thus one does not need to consider how many times a given particle happens to be cycled

through the riser.  Instead the nature of the solids entering and leaving the riser, the inventory, and

average residence times must be specified and be internally consistent.  The other assumptions

concerning the riser hydrodynamic, devolatization, combustion, and gasification are discussed below. 

Hydrodynamics.  The riser section of a CFB usually operates in the fast fluidized regime. 

Experimental evidence of Yerushalmi and Cankurt  suggest that a circulating bed riser has two regions,14

a lower dense region of uniform voidage and an upper dilute region.  The axial voidage profile in the

dense-phase transport region is assumed to be constant and its average voidage, , is obtained
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(1)

(2)

(3)

(4)

(5)

using the King  correlation:15

The axial voidage profile in the dilute region is analyzed with an exponential model as :16

Where ,  is saturated voidage above Transport Disengaging Height (TDH) where the voidage is*

constant.  The ,  is calculated from :* 17

where 8 depends on system parameters .  The decay constant, a, is an important parameter, and its17

values depend on the gas velocity and particle properties . 16

The height of the dilute-phase transport region is estimated by:

where ,  is the voidage at the riser exit and was estimated by assuming the slip velocity at the exit ise

equal to terminal velocity :16
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(6)

(7)

(8)

(9)

(10)

The average voidage in the dilute-phase transport region, , is expressed as :16

 The height of the dense-phase transport region is estimated as:

where L  is the total height of the riser.r

The solid inventory in the dense-phase and dilute-phase transport region are approximated as:

and

The total solid inventory in the riser is obtained by summing the dense and dilute regions of the riser.

Devolatilization and Combustion.  The devolatization kinetics is assumed to be instantaneous

and produces the CO, CO , H , H O, and CH  as a product gas.  The carbon conversion due to2 2 2 4

devolatization incorporates a specified value for the moles of CH  produced per mole of carbon fed4
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(11)

and is based on the oxygen content of coal feed .   It is well known that particle heating and18

devolatilization are dependent on particle size and heat rate.  Using comparable fluid bed tests, Pillai19

measured and correlated devolatilization times for a variety of coals, temperatures, and particle sizes. 

Devolatilization times were estimated to be 1-3 seconds in the transport reactor using Pillai’s empirical

correlations.  This is well within the residence time of the Transport unit.  This is also supported by the

observation that volatiles are not found in significant quantity in the downstream experimental

equipment.

Combustion kinetics are also assumed to be instantaneous.  The combustion reaction produces

CO, CO , and H O.  The char combusts with oxygen to yield CO and CO  at a molar ratio of unity . 2 2 2
18

Since oxygen is the limiting reactant the carbon conversion via combustion is simply dependent on the

oxygen available.

Gasification.  Solids flow pattern in the riser of CFB is complex and difficult to characterize.

Therefore, it is assumed that solids and gases are well mixed and the gasification occurs uniformly

based on CSTR.  Solid temperature is assumed to be equal to that of gas.   The water-gas shift reaction

is assumed to be at equilibrium.   The coal, char, and sorbent particles are assumed spherical and of

uniform size.  The gasification takes place in the presence of CO, CO , H , H O, CH , N , H S, NH2 2 2 4 2 2 3,

char, sorbent, and ash produced from devolatilization and combustion.  In this work, a two parameter

model is used to explain the initial and final behavior of char gasification  which is defined as:18
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(12)

(13)

(14)

(15)

where K and R  describe the initial and A describes the final carbon conversion behavior.  Theo

parameter x is the carbon conversion.  The value of K is the coal dependent reactivity ranging from a

value of 50 for lignite to 5 for anthracite.   R  is a function of pressure, temperature and gaso

compositions and it was estimated by Mühlen et al.20

The rate constant, r , was calculated from:i

The values of k ’s and E’s are given by Mühlen et al.o
20

The total average conversion for a CSTR is estimated by:

Where t  is solids average residence time and obtained from:avg

The product composition was determined from the elemental balance, the distribution of each element
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into the gas and solid phases, the carbon conversion, and adjusting the gas phase components

according to the water gas shift reaction.

Sulfur Capture.  The sulfur released to the gas phase is assumed to be proportional to the

converted carbon in the coal and is released as H S.  The rate of sulfur capture is dependent on2

whether or not the partial pressure of CO  is above or below that required at equilibrium according to2

the following reaction :18

If the CO  partial pressure is lower than the equilibrium of reaction above, then it was assumed that this2

reaction occurs completely.  In this case the sulfur capture was obtained according to the following

reaction:

If the CO  partial pressure was higher than the equilibrium, the sulfur capture was obtained according to2

the following reaction:

The sulfur capture behavior is estimated by the CSTR model.

Solution Procedure 
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A mathematical model was developed to describe the gasification of coal in a CFB.  The model

consisted of twenty non-linear equations  and was developed in MatLab.  The inputs to the model18

were specified as: 1) gas superficial velocity; 2) solid circulation rate; 3) reactor pressure and size; 4)

coal and sorbent flow rates, including proximate and ultimate analysis of coal; 5) steam and purge gas

flow rates; 6) all of the stream temperatures; and 7) heat lost from the reactor. 

The outputs from the model were: 1) the product gas flow rates and their compositions, 2) the

total carbon conversion, 3) the sulfur capture and sorbent conversion, 3) reactor temperature, and 4)

the air/oxygen required.

The twenty equations were solved simultaneously including: CH  and NH  balanced based on4 3

their specified values; circulation rate; volatile yield; CaCO  and MgCO  dissociation; Ash, Mg, N, S,3 3

C, Ca, O, and H  balance; CaO conversion; shift equilibrium; energy balance and carbon conversion. 

The calculation procedure was initiated by assuming a set of values for the first sixteen variables, the last

four equations were used to verify the assumed variables.  The procedure was iterated using MatLab

software routine referred to as the memory model.  The non-linear equations were solved using a quasi-

Newton method.

Description of Experiments

The Transport Reactor Demonstration Unit (TRDU) system can be divided into three sections:
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the coal feed section, the TRDU, and the product recovery section.  The TRDU proper, as shown in

Figure 1, consisted of a riser reactor (h=12.2 m, D =11.4 cm) with an expanded mixing zone at ther

bottom(h=3.1 m, D=8.9 cm), a disengager, and a primary cyclone and standpipe (h=15.8 m, D=11.4

cm).  The standpipe was connected to the mixing section of the riser by a J-leg transfer line (h=2.2 m,

D=11.4 cm).  All of the components in the system were refractory-lined and designed mechanically for

1034 kPa (gauge) and an internal temperature of 1090EC.

The premixed coal and limestone feed to the transport reactor were admitted through one

nozzle located near the top of the mixing zone (gasification).  The coal feed was measured by an rpm

controlled metering auger.  Oxidant was fed to the reactor through two pairs of nozzles at varying

elevations within the mixing zone.  Hot solids from the standpipe were circulated into the mixing zone,

where they mixed with the nitrogen and the steam being injected into the J-leg.  This feature ensured

that spent char contacted steam prior to the fresh coal feed.  This staged gasification process is

expected to enhance the process efficiency.  Gasification or combustion and desulfurization reactions

are thought to be carried out in the riser as coal, sorbent, and oxidant (with steam for gasification) flow

up the reactor. 

The riser, disengager, standpipe, and cyclones were equipped with several internal and skin

thermocouples.  Nitrogen-purged pressure taps were also provided to record differential pressure

across the riser, disengager, and the cyclones.  The data acquisition and control system scanned the

data points every one-half second and saved the process data every 30 seconds.  The bulk of entrained
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solids leaving the riser were separated from the gas stream in the disengager and circulated back to the

riser via the standpipe.  A solids stream can be withdrawn from the standpipe via an auger to maintain

the system's solids inventory; however, during these steady state test periods no solids were

continuously removed from the standpipe.  Gas exiting the disengager entered a primary cyclone.   The

solids collected in the primary cyclone, dipleg solids, were recirculated back to the standpipe through

the dipleg crossover.  Gas exiting this cyclone entered a jacketed-pipe heat exchanger before entering

the Hot Gas Filter Vessel (HGFV).  The cleaned gases leaving the HGFV entered a quench system

before being depressurized and vented to a flare.  The solids which are not captured by the cyclone are

indeed lost to the process and the carbon in this flyash is counted as unconverted carbon.  For

example, when the carbon conversion reaches 75%, the carbon lost to the downstream equipment

represents 25% of the feed carbon.   

The quench system used a sieve tower and two direct-contact water scrubbers to act as heat

sinks and remove impurities.  All water and organic vapors were condensed in the first scrubber, with

the second scrubber capturing entrained material and serving as a backup.  The condensed liquid was

separated from the gas stream in a cyclone that also served as a reservoir.  This liquid was pumped

either to a shell-and-tube heat exchanger for reinjection into the scrubber or down to the product

receiver barrels.

The coals tested experimentally were Wyodak subbituminous, Illinois #6 bituminous, and Sufco

bituminous coals.  The proximate and ultimate analysis of these coal are given in Table 1. Experimental
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tests were conducted on each coal.  In each test the steady state operating conditions were optimized

for product gas quality by adjusting the air and steam feed rates, coal and sorbent feed rates, circulation

rate, and superficial gas velocity.  The effect of air and steam flow rate was also tested on the

performance of the reactor for the Sufco coal.

Results and Discussion

Over 1800 hours of operation on the transport reactor in gasification mode have been achieved

over the last four years.  The test campaigns analyzed here included over 300 hours of gasification: 179

hours on Wyodak subbituminous coal, 41 hours on Illinios No. 6 bituminous coal, and 118 hours on

SUFCo bituminous coal.  The operating conditions and performance achieved during these tests are

summarized in Tables 2 and 3.  The TRDU was operated at an average temperature of  875EC for the

Wyodak coal tests and up to 950EC for the bituminous coal tests.   Coal feed rates ranged from 100 up to

150 kg/hr depending on the coal type and operating conditions while the gasifier pressure averaged 830

kPa.  The raw moisture-free product gas produced ranged from 6-10% CO and H , 9-11% CO , 1.0 -2 2

2.5% CH , with the balance being N  and other trace constituents.  These were the first tests to4 2

recirculate dipleg solids back into the standpipe and also the first tests to inject air into the J-leg nozzles.  

These changes have allowed the TRDU to better utilize the fine char and sorbent material which carried

over to the primary cyclone and has also allowed the TRDU to operate at a lower riser velocities for

increased residence time.   The  H S concentration averaged 50 for the low sulfur fuels and 400 ppm for2

the high-sulfur Illinois No. 6 coal.  Correction of the fuel gas concentrations for nitrogen purges and the

high system heat loss (estimated at approximately 77000 kcal/hr) as a percentage of the coal feed
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demonstrates  that heating values ranging between 830-1160 kcal/m  can be achieved under air-blown3

operation.

Factors that affected the TRDU product gas quality appeared to be circulation rate, coal type,

temperature, and air:coal and steam:coal ratios.  A decrease in circulation rate improved the product

gas quality by increasing the solid residence time in the gasification zones of the TRDU, however,

experience has shown that lower circulation rate tests were more prone to deposition and

agglomeration problems as a result of inadequate gas-solid mixing in the mixing zone.  The less reactive

bituminous fuels were gasified at higher temperatures to produce a product gas quality similar to those

obtained with the Wyodak fuel.  Higher operating temperatures increased carbon conversion for the

TRDU but again at the risk of increased ash deposition.  Higher steam/coal ratios resulted in improved

product gas quality with increased hydrogen and carbon dioxide formation from the water-gas shift

reaction, but additional CO was also produced.  Higher air/coal ratios gave lower product gas quality

especially at ratios above 3.5.   The best product gas was generally observed when the air/coal ratios

were under 3.0.  

Model predictions were compared to the experimental results taken at these experimental

operating conditions (Table 4).  These validation simulations were conducted by setting the flows, the

coal reactivity, and feed conditions and adjusting the heat loss.  Heat losses from the transport reactor

were varied within the experimental range (estimated between 75,000 and 100,000 kcal/hr) in order to

best match the temperature and air flow rate.  This amounts to approximately 20% of the heating value
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for the feed coal.  The recycle temperature was assumed to be 55.6 K below that of the reactor

temperature.   Performance measurements included: gas composition, carbon conversion, and

temperature.  The carbon conversion used for these comparisons was based on the gas analysis (gas-

make) since gas samples were systematically taken using standard and accurate measurements

methods.  This also avoids the inaccuracies of slowly changing composition of solids between steady

state periods, obtaining representative solids samples, and measuring solids flow rates.

In general, the average standard error between the model and the experimental values was

5.8%.  Moreover, 19 of the 32 parameters agreed within 5% and 29 parameters agreed within 10%. 

The largest errors for these test cases were in the CO yield that were between 13 and 29% too high in

the simulations.  This may be an indication that the assumed CO/CO  ratio of unity during combustion2

was somewhat high.  Measurements of CO/CO  are reported to be dependent on temperature .  It is2
21

expected that the nature of the carbon char and the presence of catalytic species on the surface may

also affect this combustion pathway.  Froehlich et al.  evaluated different temperature-dependent22

CO/(CO+CO ) ratios for each coal studied in a spouted fluid bed carbonizer.  Linjewile and Agarwal2
23

reported values of 0.1 - 0.5 for fluidized bed combustion of petroleum coke spheres which were

independent of temperature over the range of conditions studied here.  Further research is needed

particularly at shorter residence times used in the transport reactor.

The Wyodak simulations were the most difficult to match with the experimental data.  Initially 3

of the 8 modeled values, including carbon conversion and gas heating value, differed by more than 20%
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from the test data.  Attempts to match the conversion by adjusting the reactivity within the reported

literature range and observed heat losses were not successful in achieving carbon conversion levels

above 70%.   However, when the reactivity factor, K, was increased by a factor of about 20 to 1000,

all of the parameters agreed within 15% standard error.  

The high reactivity Wyodak case provided the only test case in which the carbon conversion

from gasification was greater than 3 or 4%.  Thus, it is the only case in which the gasification reactivity

parameters can be validated with any accuracy.  The other experimental cases were fit accurately, but

since gasification was insignificant it is impossible to extrapolate those coals to conditions that might

exhibit significant gasification.  The mass and energy balance for these coals using only combustion

reactions was sufficient to explain the test data.  The finding that the model accurately predicted

conversion, temperature, and gas composition for Wyodak coal under gasification provided a

calibration point of the model’s sensitivity to this coal’s reactivity.

The effect of steam flow rate on product gas composition and carbon conversion are illustrated

in Table 4 for the Sufco coal in a sub-stoichiometric combustion regime.  At low steam flow rate

(Sufco#2), the percentage of CO is higher than H  (7.0% compared to 5.2%) in the product gas.  As2

steam flow rate was increased (Sufco#1) the percentage of CO decreased and H  increased.  The2

observed functional dependence arose from the fact that the water-gas shift reaction is more favorable

for the production of H  at higher steam flow rate.  Also the higher steam flow rate resulted in increased2

higher heating values (Table 4).  This is because the temperature for both case (high and low steam flow



19Ind. Eng. Chem. Res., 2001, 40(13), 2782-2792.

rate) were maintained constant at 1205 K.

Parametric Analysis

Model simulations were computed at different operating conditions including coal flow rate,

steam/coal ratio, heat loss, gas velocity, and system pressure.  The gasifier performance parameters of

interest were carbon conversion, temperature, gas compositions, and fuel gas heating value.   Each

process parameter was varied independently, varying one at a time while the others were held constant. 

The conditions used in the base case for the parametric study are the same as the TRDU experimental

conditions presented in Table 2.  This study was first conducted using the properties and conditions for

the Illinois #6 bituminous coal and then repeated using the Wyodak coal properties.  In this way the

response of the reactor operating under a process is dominated by partial combustion can be compared

to the response of a process with significant contribution from char gasification.

The most important operating factor in a coal gasifier is the air/coal ratio since this determines

the reaction temperature.  The impact of air/coal ratio was determined for the Wyodak coal case

(Figures 2-4) by varying the air flow with constant coal feed rate and allowing the product gas velocity

to increase.  The temperature increased from 1040 to 1400 K over the  tested air/coal ratio (Figure 2)

indicating greater contribution from the exothermic combustion processes. The carbon conversion was

very sensitive to this temperature increase (Figure 3).  At low air/coal ratios carbon conversion

increased as a combined result of both combustion and gasification reactions.  At air/coal ratio above 3
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the carbon conversion was nearly complete.  At higher air/coal ratios (> 3) combustion reactions

consumed more of the char thereby making it unavailable for gasification conversion.  

This was also reflected in the gas composition (Figure 4).   As the air/coal ratio was increased

from 2 to 3, the water content in the product gas decreased and carbon monoxide content increased,

resulting in an overall increase in calorific value of the product gas.  These improvements to the gas

composition can be traced to an increased utilization of steam and carbon dioxide via gasification

reactions.  Above air/coal ratio of 3 combustion reactions dominated: less steam was converted to H2

via carbon-steam reaction, and less CO  was converted to CO via the CO  -char reaction.  The result2 2

was higher CO  and H O contents in the product gas and less H  and CO and an overall reduction in2 2 2

product gas heating value.  These results indicate that reactor performance is optimized at an

intermediate air/coal ration of about 3.

The overall effect of product gas velocity on all dependent parameters was small.  The solids

residence time decreased from 18.3 to 15 seconds over the range of air/coal ratios tested, but

apparently with little resulting impact on the coal conversion behavior.  Simulations conducted by

changing the gas velocity while holding air/coal ratio constant over this range of flows had only very

slight impact on temperature or conversion.  

The heat loss from the transport reactor will be substantially reduced as the process is scaled up

to a commercial sized unit.  The impact of heat loss was examined using constant coal feed and air/coal



21Ind. Eng. Chem. Res., 2001, 40(13), 2782-2792.

ratio as presented in Figures 5-7.  The transport reactor ran with about 20% heat loss relative to the

nominal coal feed rate.  The model predicts that conversion approached completion at  heat losses

below 10% (Figure 5).  Heat losses above 10% reduced carbon conversion solely due to gasification

reactions.  Combustion conversion was unaffected since the air/coal ratio was kept constant for these

simulations.  The reactor temperature dropped nearly linearly from 1600 K (0% heat loss) to 1050 K

(25% heat loss) (Figure 6).  As a result of the drop in temperature the product gas velocity decreased. 

The decrease in gas velocity causes only a slight increase in residence time since the circulation rate is

low and the reactor was being operated in a dilute phase transport regime.  Predicted changes in the

gas composition and calorific value due to variations in heat loss is shown in Figure 7.  As the heat loss

increased the percentage of carbon dioxide increased in the product gas while CO decreased.  This is

consistent with experimental data reported by Perry et al.   Below 10 % heat loss the H  content in the24
2

gas increased and reached a plateau.  Above 15 % heat loss the temperature dropped enough to slow

the carbon steam reaction, this increased the H O content, and decreased the H  levels.  These results2 2

suggest the minimization of heat loss is desirable, the greatest gain can be obtained by reducing heat

losses to below 10% of the coal feed heating value. 

The coal feed rate was varied while maintaining a constant air/coal ratio.  The coal feed rate

increased the temperature very slightly (1080 to 1150 K for 70 to 160 kg/hr feed rates).  There was

almost no impact on carbon conversion, although 3-4 % additional conversion was achieved from

gasification.  This additional conversion was accompanied by slightly higher CO and H  and lower CO2 2

and H O yields resulting in higher heating values (570 to 660 kcal/m ).  This suggests that  performance2
3
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improves slightly as feed rate increases.

There was only slight decrease in carbon conversion, temperature, and gas product heating

value as the steam/coal ratio increased over the range of 0.20 to 0.50.  Steam was not a limiting

reactant over these operating conditions.  The increased moisture contents in the product gas served as

diluent and reduced the heating value of the fuel gas.  The water gas shift equilibrium predicted that the

CO concentration would drop as the moisture levels increased.  No significant change was noted for

CO  and H .2 2

Circulation rate was varied from about 1,900 to 6,300 kg/hr while maintaining the air to coal

ratio constant.  If the char recycle temperature was equivalent to the bed temperature, then there was

no impact of circulation rate on conversion or temperature.  However, if recycle char temperature was

lowered in the recycle loop, then the temperature in the gasifier decreased proportionately.  Thus the

impact of circulation rate depended mainly upon heat losses in the downcomer of the transport reactor;

large heat losses in the downcomer can hurt performance, but negligible heat losses do not improve

reaction chemistry performance over the range of solids residence times achieved (2 to 8 sec).  The

impact of circulation rate can be thought to be on solids mixing and solids residence times as discussed

below.

A sensitivity study was also performed on a non-reactive coal.  When the coal type is non

reactive, gasification reactions do not contribute to carbon conversion.  In this case, the response to
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process operating variables differs from the Wyodak coal case presented above.  An analysis of the

Illinois #6 coal using literature kinetic rate constants  behave in this fashion (Figure 8).  This sensitivity20

was conducted by varying the coal feed rate.  The air/coal ratio was substantially higher than that

needed for the Wyodak coal.  The temperature increase for each unit change in air/coal was much

higher for the Ill.#6 coal, because endothermic carbon-steam and carbon-CO  reactions did not2

contribute.  The increase in carbon conversion per unit air/coal ratio, on the other hand, was much

lower than for the Wyodak case.  Temperatures became exceedingly high (1480 K) without the

accompanying increases in carbon conversion.  The reactor was unproductive in this situation. 

The effect of coal type on carbon conversion was evaluated by varying the reactivity factor, K,

from equation 11.  The influence of reactivity is presented in Figure 9 for a reactor temperature of 1310

K using the Ill.#6 test conditions over a range of solids residence times.  Since the reactivity factor is in

the exponential term, its effect on carbon conversion is larger at the lower reactivities and becomes

incrementally smaller for more reactive coals.  The effect of solids residence time is also exponential

requiring a logarithmic time-scale.   The extent of carbon conversion was predicted to be 60 to 75%

over the range of recommended reactivity factors (K= 5 to 50).  This model predicted that 30 to 100

seconds residence times were required to obtain greater than 80% carbon conversion for coals with

these reactivities.  However, when the fitted reactivity for the Wyodak coal was used (K=500 to

1000), the carbon conversion levels exceeded 85% within the 15 seconds residence time available in

the transport reactor.
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In order to match the simulation results with the test data from the Wyodak coal a reactivity of

K equal to 500 - 1000 was required.  Although this represents and increase of 20 times over the kinetic

parameters suggested , the direction and magnitude of this difference are not unexpected for a process18

such as the transport reactor.  First, one must consider the fact that variations of a factor of 5-10 are

observed for low rank coals of same carbon content .  This variability can be understood when taken5, 25

in context of studies on the catalytic species in low rank coals.  In low rank coals the presence of

catalytic species dispersed throughout the organic matrix lead to a factor of 2 to 3 times increase in

reactivity .  Heating such coals to 1275 K for as short as 30 s produced significant CaO crystallite26

growth and a 10-fold drop in reactivity ).  9

In addition, the kinetic expressions and associated constants initially applied in this model were

developed for chars generated under high heating rate but then cooled and heated back to operating

temperature before measuring the gasification rates .  Such temperature cycling is known to deactivate20

the char .  This is thought to be due to processes similar to annealing the char surface  and, for 27, 28 5, 7

low rank coals, loss in dispersion of catalytic species on the surface.  Thus, these studies can be thought

to provide a lower bound to the reactivity in high heating rate processes such as the transport reactor.  

 Within the transport reactor the coal is injected into a high velocity, high temperature flow

stream. The air is introduced into a lower region of the bed, well below the coal, and the oxygen is

likely consumed by the hot recycled char.  This spatial separation is designed to minimize the exposure

of the coal and volatiles to oxygen.  Thereby reducing the generation of high local temperatures on the
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surface of the char.   For the Wyodak coal the temperatures are quite low, 1125 K, and the solids

residence time is estimated to be about 15 seconds.  As such the time and temperature required for

devolatilization, and thus the time available for morphological changes to occur in the char and mineral

structure, is minimized.  At the same time the high relative velocity between the gas and solids results in

rapid diffusion of gasification reactants into the open pore structure produced due to the high heating

rates.  All of these factors tend to enhance the observed reactivity relative to those reported in the

literature.

The overall riser slip factors were estimated to be between 2 and 10.  The overall riser slip

factor was determined from the measured circulation rate (as determined from an incremental pressure

drop along the top of the riser) divided by the gas velocity.  Because of the wider section in the mixing

zone, the gas velocity there is lower and the resulting slip is higher.  Averaged over the entire length of

the riser the slip was calculated to approach 10 for some cases.

Fluidization Regimes in TRDU

According to this model the operating parameters most critical to conversion besides coal type

are residence time and temperatures.  Operating parameters such as the coal particle size, the gas

velocity, reactor diameter, and solids circulation rate have no effect on the validated mechanisms 

described above, but they do have impact on solids residence times.  If the reactor continues to operate

in the dilute regime, the residence time can only be affected marginally, i.e. over the range of 2 to 10
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seconds.   However, a change of flow regime can significantly increase the residence times.

The solids residence times for a transport reactor depends on its geometric and operational

parameters.  Residence times are on the order of 2 to 30 seconds for a reactor like the TRDU, i.e. with

16.5 m height, 8.9-cm inner diameter.  This can be directly calculated from the pressure drop and

height and circulation rate using equation 15.  Experimental measurements indicate that 10-15 seconds

solids residence times were obtained during these coal tests.  The transport reactor was operated in the

dilute transport regime.  According to the correlations developed by Bi and Grace , and recently29

verified for 230 :m sized coke particles in a 30.48 cm diameter and 14.78 m high CFB at NETL,

increasing the circulation rate from 200 to 500 g/s (or 0.024 to 0.058 cm/s) would move the riser into

the core-annular flow regime (Figure 10).  Maintaining the same gas flows, the mixing zone is projected

to become fast-fluidized when circulation rate approaches 750 g/s.  Adverse characteristics of a fast

fluidized bed includes some moderate dynamic instabilities due to filling the dense regions of the bed as

the inventory or circulation rate increases.  The advantage in moving from dilute transport to the core-

annular flow or even further into the fast-fluidized regime is the potential to increase the slip factor, and

thus solids residence times.  Increases by a factor of 5 to 10 times were observed over these transitions

from dilute to core-annular and fast fluidization regime.  

As operated for these tests the riser was characterized as homogenous and dilute, i.e. above the

point of minimum pressure drop (Figure 10).  However, due to the expanded diameter in the Mixing

Zone at the bottom the the transport reactor, the mixing zone was in the core annular flow regime.  Both
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of these conditions were true for solids densities of 1.4 to 2 g/cc, simulating significant start-up sand in

the bed, and for particle sizes from 175 up to 300 µm.  The solids circulation rate and the gas velocity

are the most sensitive factors that can practically be varied to improve residence time.  At a gas velocity

of 700 cm/s the riser will become core annular flow above 500 g/s; fast fluidization occurs above 1900

g/s.  At this same corresponding gas flows the circulation rate must exceed 7500 g/s to choke in the

mixing zone.  However, increasing the mixing zone from 11.4 up to 14 cm will require only 1900 g/s to

drop below classical choking velocity.  In these estimates it is clear that the riser is not operating

constraint; all anticipated future operations occur well above its classical choking velocity, V .cc

Conclusion

A mathematical simulation of CFB coal transport gasifier was developed using the CSTR

model for both gasification and sulfur sorption kinetics.  Coal conversion was the summation of

conversion due to devolatilization, combustion, and gasification processes.  The reaction chemistry also

included instantaneous coal devolatilization and combustion.  Sulfur capture was predicted using in-bed

calcium-based sorbents; the pathway being dependent upon carbon dioxide partial pressure.  Product

stoichiometry was dependent on coal composition.   Equilibrium of the water-gas shift reaction was

used to determine the gaseous product distribution.  Hydrodynamic analysis of the gas-solid transport

process was used to determine solids residence times.  Although using a CSTR kinetic model can lead

to inaccuracies when reactions approach complete conversion, the carbon conversion measured in the

TRDU experiment were below 98%.  The CSTR approach was found to be quite appropriate for this

application. 
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The model predictions were validated against experimental data and were generally within a ten

percent agreement.  The average deviation from the measured values was about 6%.  In its present

form, the model can be used to provide quantitative insight into the influence of the different parameters

to the process performance such as gas composition, temperature, product calorific value, and carbon

conversion.  The methane yield was specified as a model input describing the devolatilization product

stoichiometry.  A value of unity was used for the CO/CO  ratio produced during char combustion. 2

Predictions of the carbon conversion and product distribution will be affected by the expression used

for this ratio. 

A sensitivity analysis was performed on the key parameters such as coal type, coal feed rate,

air and steam flow rates, heat lost, solids circulation rates, and gasifier pressure.  Coal type was the

single most important parameter.  The reactive Wyodak coal was found to have conversion rate

significantly greater than recommended values.  This is thought to be due to the nature of he process

conditions in the TRDU which avoid annealing and sintering of catalytic species on the coal surface. 

No such apparent enhancement to the reactivity were observed in the bituminous coals using this

process.  The behavior of these lower reactive coals was dominated by the partial combustion process. 

 Conversion was directly related to the air/coal ratio and the temperature increased directly with these

combustion reactions. 

For the reactive low rank coal, the behavior was influenced by those parameters that most

affected temperature.  The air to coal ratio was the most important operating parameter affecting



29Ind. Eng. Chem. Res., 2001, 40(13), 2782-2792.

temperature.  Carbon conversion was very sensitive to operating temperature.  Carbon conversion

reached completion near an air to coal ratio of 3, above that the product gas quality was adversely

impacted.  The heat loss also directly affected reaction temperature with losses less than 10% required

to approach complete conversion.  Variations in the steam to coal ratio affected temperature primarily

by affecting the sensible heat requirements.  Steam concentrations required for gasification were

generally small relative to that steam formed upon combustion and released from the coal and so did

not have any impact on gasification rates.  

When the air to coal ratio was fixed and constant the following operating parameters exhibited

little or no impact on conversion and gas product composition: coal feed rate, solids circulation rate, gas

velocity, and gas pressure.  Varied in this manner all of these factors tested various aspects of varying

the residence time in the reactor, admittedly over a relatively small time window between 2 and 30

seconds.  There was a small effect on the gasification conversion (3-4%) when testing the effect of coal

feed rate indicating the low magnitude of the time dependence over this operating window.  
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Nomenclature

A  = cross-sectional area of the riser (m )r
2

a = decay constant (m )-1

D  = riser diameter (m)r

E  = activation energy for reaction i (Kj mol )i
-1

g = gravitational constant (m s )-2

G  = solid circulation flux (kg m  s )s
-2 -1

h = axial height (m)

H  = height of dense region (m)dense

H  = height of dilute region (m)dil

I  = solids inventory in the dense region (kg)dense

I  = solids inventory in the dilute region (kg)dil

I  = solids inventory in the riser (kg)r

L  = length of the riser (m)r

= solids circulation rate (kg s )-1

P = pressure (bar)



,̄
dense

,̄
dil
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T = temperature ( K)o

t  = average solids residence time (s)avg

r  = rate constanti

R  = gasification reaction rate (s )o
-1

t = time (s)

U  = superficial gas velocity (m s )g
-1

U  = terminal velocity (m s )t
-1

x = carbon conversion

X  = average carbon conversionavg

Greek Letters

,* = voidage above TDH

= average voidage in the dense region

= average voidage in the dilute region

,  = riser exit voidagee
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Table 1.  Proximate and Ultimate Analysis of Coal

-2 mm -2 mm -2 mm

Wyodak Illinois No. 6   SUFCo  

Proximate Analysis, as run, wt%

     Moisture 20.0 8.5 9.5

     Volatile Matter 38.9 36.0 39.1

     Fixed Carbon 36.4 44.8 43.8

     Ash 4.7 10.7 7.6

Ultimate Analysis, MF wt%

     Carbon 69.06 69.27 77.10

     Hydrogen 5.19 5.03 4.61

     Nitrogen 0.84 1.1 1.29

     Sulfur 0.44 3.55 0.36

     Oxygen 18.63 9.34 8.29

     Ash 5.85 11.7 8.4

High Heating Value

     Moisture-Free, kcal/kg  6505 6716 6783
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     As-Received, kcal/kg 5421 6283 6138
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Table 2. TRDU Experimental Conditions and Model Inputs

TRDU Test Series PO56 PO57 PO57 PO56

Date 2/24/98 4/7/98 4/7/98 2/22/98

Illinois #6 Sufco#1 Sufco #2 Wyodak

Coal feed rate (kg h )   105.5   99.2  99.2   125.5-1

Coal feed temperature ( K)    295   295  295    295o

Bed pressure (kPa)    927   927  927    927

Circulation rate (kg h )   1638 1832 1832  1923-1

Velocity of product gas (m s )  7.34   9.5   9.5   7.86-1

Air temperature ( K)     422   422   422    422 o

Air flow rate (m  h )   223   279   272.5    275  3 -1 *

Purge gas rate (m  h ) 108.6   136   165    124.63 -1

Steam flow rate (m  h )   54.4   54.4   19.3     48.43 -1

Steam temperature ( K)   573   573   573    573o

Sorbent feed rate (kg h )   26.3   5.2   5.2     6.6-1

Sorbent tempertaure ( K)   295   295   295    295o

All volume flow rates are at standard conditions*
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Table 3.  TRDU Experimental Performance Measurements on Gasification Tests.

Parameter P056 P057 P056 &P057

Coal Ill.# 6 SUFCo Wyodak

Moisture Content, % 8.5 9.5 20.0

Pressure, bar 9.3 9.3 9.3

Steam:Coal Ratio (kg/kg coal) 0.39 0.14 to 0.41 0.29

Air:Coal Ratio (kg/kg coal) 2.59 3.34 - 3.45 2.69

Ca:S Mole Ratio, (sorbent) 2.0 2.0 2.0

Coal Feed Rate, kg/hr 105.5 99.8 125.5

J-leg Zone, EC, avg 901 866 - 876 800

Mixing Zone, EC , avg 935 920 - 950 850

Riser, EC , avg 923 894- 914 840

Standpipe, EC , avg 856 828 - 860 790

TRDU Outlet, EC, avg. 870 856 - 877 795 

Carbon Conversion, % (solids anal.) 76 72 - 87 89

Carbon Conversion, % (gas-make) 60 61 - 64 89

Carbon in Bed, %, Standpipe 6 to 15 5 to 20 6 to 15 

Riser Velocity, m/s 7.3 7.6 - 9.5  9.2 

Circulation Rate, kg/hr 1814 1202 - 1905 1360 - 2721

HHV of Fuel Gas; act., kcal/m 543 463 - 668 552 - 6683

                              cor.,kcal/m 1006 828 - 1157 935 - 10423



40Ind. Eng. Chem. Res., 2001, 40(13), 2782-2792.

Duration, hr 41 118 179
Table 4. Comparison Between the Model and TRDU Experiment

   Illinois #6     Sufco#1     Sufco#2    Wyodak

Exp. Model  Exp. Model  Exp. Model  Exp. Model

CO (vol. % dry basis)   6.6   7.5    6.7   7.45   7.0   9.0    7.8    9.0

H   7.9   8.5    6.5   7.0   5.2   5.4    8.4    9.42

CO 11.6 10.5  10.2 10.2   8.6   8.0  11.5  11.32

CH   1.5   1.64     1.8  1.76   1.6   1.6    1.7      1.74

N 73.7 71.5  74.0 73.3  77.0  75.8  71.2  68.52

HHV(kcal/m ) 552 552  542 536  498  555  640  6453

Carbon Conv.(wt.%)  60.3  54.5     61.6  68.7   64   67.6  88.5  85.3

Temperature  (K) 1227 1227  1205 1200  1205  1222  1133  1136

 


